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Manufacturing butanol, ethanol, and acetone through grain fermentation has been
attracting increasing research interest. In the production of these chemicals from
fermentation, the cost of product recovery constitutes the major portion of the total
production cost. Developing cost-effective flowsheets for the downstream processing
is, therefore, crucial to enhancing the economic viability of this manufacturing method.
The present work is concerned with the synthesis of such a process that minimizes
the cost of the downstream processing. At the outset, a wide variety of processing
equipment and unit operations, i.e., operating units, is selected for possible inclusion
in the process. Subsequently, the exactly defined superstructure with minimal
complexity, termed maximal structure, is constructed from these operating units with
the rigorous and highly efficient graph-theoretic method for process synthesis based
on process graphs (P-graphs). Finally, the optimal and near-optimal flowsheets in terms

of cost are identified.

Introduction

This paper is concerned with the downstream process
synthesis for the biochemical production of butanol,
ethanol, and acetone from grains. Process synthesis is
one of the most, if not the most, effective means of
reducing chemical production cost (1—8). Two major
classes of methods for process synthesis are heuristic and
algorithmic methods; the former is based on heuristic
rules derived from past experiences, and the latter is
based on mathematical programming procedures resort-
ing to optimization techniques (Appendix 1, Supporting
Information). Inevitably, hybrid methods have also been
proposed; such methods adopt both heuristic rules and
mathematical programming.

Butanol, ethanol, and acetone are major basic com-
modity chemicals consumed in bulk in a variety of ways,
e.g., as fuels, fuel additives, solvents, or precursors for
synthesizing various other organic compounds (9, 10).
Manufacturing butanol, ethanol, and acetone by ferment-
ing grains has been gaining escalating interest. The
conversion of grains has been significantly enhanced
through genetic engineering of enzymes (11—14). Nev-
ertheless, the attainable conversion at present remains
extremely low, thereby rendering the products exception-
ally dilute in the aqueous effluent streams. Hence, the
downstream processing to isolate and purify the products
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is exceedingly expensive (15). Naturally, reducing the
downstream processing cost is essential to minimize the
total production cost (16—18).

Various separation methods proposed in the last two
decades can possibly be used for the downstream pro-
cessing in biochemically manufacturing butanol, ethanol,
and acetone. These methods include gas stripping (19—
21), distillation (22—25), extraction (19), adsorption (20),
and pervaporation (14, 21, 26). Almost all of these
methods, or unit operations, are among the major means
for bioseparations (16, 18, 27, 28). They manifest them-
selves as operating units, or blocks, in the flowsheets for
downstream processing.

This work aims at generating, i.e., synthesizing, a
variety of technically feasible and cost-effective flow-
sheets for the downstream processing by incorporating
exclusively conventional unit operations. Such unit op-
erations include gas stripping, distillation, and extraction
(29, 24). It is most likely that the reliability of these
conventional unit operations has been maximized and
their cost has been minimized in their long commercial
existence. According to Keller and Bryan (7), distillation
is still a “formidable competitor” as a major separation
method even though much research has been thrust on
its alternatives. Hence, distillation, especially simple
distillation, tends to be the first choice in industry for
separating a liquid mixture; other methods, including
complex distillation, e.g., azeotropic distillation, come into
play only when simple distillation is deemed to be
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technically infeasible or economical inviable. At the very
initial, or macroscopic, phase of flowsheet synthesis, any
complex distillation unit, usually containing two or more
pieces of processing equipment, can be regarded as a
single operating unit, the composition of which gives rise
to separate network synthesis (29—32). The data required
for such synthesis involving butanol, ethanol, acetone,
and water are available (22, 23, 25). Gas stripping is as
simple as or even simpler than simple distillation.
Extraction can be a viable alternative to azeotropic
distillation; properly incorporated into the flowsheet, it
may eliminate the need for azeotropic distillation (19).

To date, almost all, if not all, the works toward the
downstream process synthesis or flowsheet generation
have apparently been performed heuristically (19, 24, 33).
The current work is carried out chiefly by resorting to a
graph-theoretic algorithmic method for process-network
synthesis based on the process-graph, or P-graph (34—
43) (Appendix 2, Supporting Information). This algorith-
mic method appears to be an effective alternative to other
approaches in process synthesis. Lately, the efficacy of
this method is being acceleratedly recognized (44); in fact,
Keller and Bryan (7) state, “... the P-graph may be the
fastest computationally, as well as the method most likely
to find a truly optimal solution.” Some of the effectual
implementations of the P-graph-based process synthesis
include waste minimization (45), optimization of chemical
complex (46), synthesis of mass exchange network (47),
structure simplification of dynamic process model (48),
and combinatorial analysis for flowsheet synthesis (49).

The present work specifically involves four consecutive
phases. The first is to identify, to the maximum extent
possible, available designs or operating modes of unit
operations including gas stripping, distillation, and ex-
traction that can potentially be adopted for the down-
stream processing in biochemical production of butanol,
ethanol, and acetone. The second is to establish P-graph
representations of the operating units comprising such
unit operations. The third is to construct algorithmically
the maximal structure of the process of concern, incor-
porating exhaustively all combinatorially feasible flow-
sheets in the form of networks containing the operating
units represented by P-graphs. The maximal structure
is the least complex superstructure that is mathemati-
cally defined exactly. The fourth is to generate in the
ranked order a finite number of optimal and near-optimal
flowsheets.

Process Description

Given herein is the brief description of the process for
manufacturing butanol, ethanol, and acetone from grains,
specifically, corn (19, 24). The process is composed of two
main parts, i.e., fermentation and downstream process-
ing, the latter being the primary focus of the current
work. Major species involved in the process are butanol
(B), ethanol (E), acetone (A), water (W), and the extrac-
tion entrainer, i.e., 2-ethyl-1-hexanol (X) (10, 50; also see
Appendix 4, Supporting Information.).

Fermentation. Corn is steeped, milled, and converted
by enzyme to hydrolyzate. A four-stage fermentation is
then carried out in the presence of the improved strain
of Clostridium Acetobutylicum (19, 24; also see Appendix
5, Supporting Information.). In the first stage, the cells
are grown under controlled conditions; subsequently, the
carbohydrates and organic acids are progressively con-
verted to B, E, and A in the second and third stages; in
the fourth stage, the residual carbohydrates are con-
sumed to maximize the yields of B, E, and A.
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Downstream Processing. The components in the
effluent from the fermentation unit are separated and
purified in downstream processing (19, 24).

Feed. The feed to the downstream processing system
is the fermentation broth. This broth comprises an
aqueous phase in which some solids are suspended. The
aqueous phase contains B, E, A, acetic acid, and butyric
acid at the concentrations of 1.5, 0.6, 0.2, 0.18, and 0.08
wt %, respectively. During the downstream processing,
acetic acid and butyric acid will be converted into E and
B, respectively; therefore, the former is lumped with the
latter accordingly (24).

Processing. The fermentation broth is fed either to
the broth distillation still (gas stripper) after it is heated
in a regenerative heat exchanger by the stream from the
still’'s bottom or to the extractor directly.

In the broth distillation still (gas stripper), B, A, and
90% of E are stripped to the still’'s top as the distillate.
It consists of 36 wt % B, 14 wt % A, 3 wt % E, and 47 wt
% W. The still's bottom stream contains insoluble protein,
fiber, cells, and trace chemicals, such as acetic and
butyric acids; it is further processed separately through
evaporators, centrifuges, and dryers, thereby producing
a high quality dry distiller’s dried grains (DDG) for sale
as an animal feed. The distillate is subjected to a series
of processing steps with various combinations of operat-
ing units composed of distillation columns of different
types.

If the fermentation broth is fed to the extractor instead
of the broth distillation still (gas stripper), X, serving as
the entrainer, extracts B, E, A, and trace chemicals, such
as acetic and butyric acids, into the extract phase. The
raffinate phase, containing 99.6 wt % W and suspended
solids, is transported to the waste treatment unit. Ap-
parently, no attempt has been made to recover the
suspended solids, possibly because of the toxicity of trace
amounts of X. The extract phase, containing 98.3 wt %
X and the products, i.e., B, E, and A, is subjected to a
series of processing steps, with various combinations of
operating units composed of the aforementioned unit
operations, i.e., gas stripping, distillation, and extraction.

The stream containing the suspended solids is with-
drawn at the very outset of the downstream processing.
It is diverted directly to the waste treatment system or
processed through a simple sequence of operations to
produce the DDG. Thus, it does not come into play in
the synthesis of the subsequent separation network;
naturally, it does not affect the comparative evaluation
of the resultant separation flowsheets.

Products. The downstream processing yields B, E, and
A as the final products. It is worth noting that although
the major product is B, E and A are as valuable or nearly
as valuable as B.

Methodology

The foundation of the graph-theoretic approach to
flowsheet generation comprises (a) a novel graph repre-
sentation in terms of process graphs (P-graphs), (b) a set
of rigorous axioms portraying the unique structural
features of process networks, and (c) a group of algo-
rithms (34—38, 40—43; also see Appendix 2, Supporting
Information).

P-Graph Representation. The structure of a process
system is represented by the process graph (P-graph),
which is a unique bipartite graph capable of capturing
the syntactic and semantic contents of process systems.
A P-graph comprises two types of vertexes or nodes for
representing materials and operating units, the first
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symbolized by circles and the second by horizontal bars.
Unlike conventional bipartite graphs, or digraphs, P-
graphs can uniquely represent various network struc-
tures including those involved in separation-network
synthesis.

Axioms. A P-graph comprising a set of operating units
and the materials concomitant with them represents a
combinatorially feasible process network, i.e., flowsheet,
leading from the starting raw materials to the final
products if it satisfies a set of the five axioms (34—40).
Each of the five axioms interprets the definition of an
entity involved, material or operating unit, or states a
self-evident truth, e.g., conservation of mass in the
context of process-network (flowsheet) synthesis. Each
axiom by itself may sound innocent and useless in
practice; nonetheless, the five axioms collectively function
as a filter to eliminate all combinatorially infeasible or
invalid networks, i.e., flowsheets that are invariably
included in the complete network (Appendix 2, Support-
ing Information).

Algorithms. The axioms naturally give rise to efficient
algorithms necessary for carrying out the synthesis of
feasible networks of flowsheets (Appendices 2 and 3,
Supporting Information). These algorithms include MSG
(maximal structure generation) for generating the maxi-
mal structure, which exclusively contains operating units
of all combinatorially feasible networks and thus is the
superstructure with minimum complexity (34—36), and
ABB (accelerated branch-and-bound) for acceleratedly
generating by the modified branch-and-bound technique
only a modest number of feasible networks (flowsheets),
which are optimal or near-optimal, directly from the
maximal structure (37, 40). The networks (flowsheets)
can be ranked in terms of the objective function, e.g., cost,
operability, and/or sustainability.

Implementation

Five steps are involved in applying the aforementioned
methodology to the downstream process synthesis in the
biochemical production of butanol (B), ethanol (E), and
acetone (A); each of the steps is individually described
below.

Specification of Materials. Fermentation broth is
the raw material (feed stream) to be processed in the
downstream. Pure B, E, A, and water (W) are the
products (product streams) from the downstream pro-
cessing. Intermediate materials, or streams, are all other
materials except the raw material (feed stream) and
products (product streams).

Identification of Operating Units. Naturally, the
identification of operating units is an essential step of
the flowsheet generation. To generate the optimal and
near-optimal flowsheets, it is mandatory that all operat-
ing units plausible for performing necessary processing
functions be identified to the maximum extent possible.
Various types of separation are considered for the main
processing functions involved in the downstream process-
ing of interest in this work. It is worth noting that a
separation task can often be carried out by one or more
separation methods; naturally, care must be exercised
not to disregard or neglect any of them.

The operating units required for the downstream
processing can be identified either heuristically or theo-
retically. In the former, an operating unit performing a
certain separation task is scaled on the basis of available
empirical knowledge, such as systematically compiled
databases, correlations of existing performance data, and
past experience. In the latter, an operating unit is
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designed according to the first principles, such as various
laws, theorems, and mechanistic models of conservation,
thermodynamics, chemical kinetics, and transport phe-
nomena. Both the heuristic and theoretical approaches
are almost always engaged in practice (1, 32, 51, 52).

As rationalized in the opening section, only the operat-
ing units comprising conventional unit operations or
equipment are taken into account in the present work.
These are gas stripping, distillation, and extraction as
described separately in the following.

Gas Stripping Unit. Gas stripping can be regarded
as one-equilibrium-stage distillation (52). It effectively
serves as a means of roughly removing, at the early stage
of downstream processing, a component or components
that constitute the major fraction of a material system
if these components’ volatilities are substantially differ-
ent from those of the remaining components. This tends
to lead to appreciable cost saving (1, 32, 44).

Water (W) and the suspended solids collectively con-
stitute 98 wt % of the fermentation broth. Moreover, their
volatilities are appreciably less than those of (EW) and
(WB) azeotropes, and A (Appendix 4, Supporting Infor-
mation). Hence, it is logical to remove W and the
suspended solids from the fermentation by gas stripping
at the outset of the downstream processing. The gas-
stripping unit performing this function is designated as
Gas Stripper G1; it comprises one gas stripper. The
suspended solids and the sizable fraction of W are
withdrawn from the bottom of G1 for further processing
to produce byproduct distiller’s dried grains (DDG). The
desired products, B, E, and A, are stripped and with-
drawn in the upper stream. This stream contains 36 wt
% of B, 3 wt % of E, 14 wt % of A, and 47 wt % of W.
Among these components, the combination of E and W
and that of W and B form azeotropes, whereas the others
do not (10, 22, 23, 25; also see Appendix 6, Supporting
Information). Thus, the complete separation of all of the
components requires azeotropic distillation as well as
simple distillation if distillation is to be solely adopted
in the processing further downstream; each azeotrope
behaves as if it is a single component in a simple
distillation. In general, azeotropes can give rise to distil-
lation boundaries that make certain separations impos-
sible by simple distillation or prohibitively costly.

Extracting Unit. As an alternative to the gas-strip-
ping unit, an extracting unit can be adopted at the outset
of downstream processing to remove W and the sus-
pended solids from the fermentation broth; this unit
comprises one extractor and is designated as Extractor
E1. With 2-ethyl-1-hexanol (X) as the entrainer, this unit
removes the major fraction of the desired products, B,
E, and A, from the fermentation broth into the extract
phase, thereby leaving the raffinate phase containing
99.6 wt % of W, suspended solids, and small quantities
of B, E, and A (Appendix 7, Supporting Information). The
raffinate phase is diverted to waste treatment as men-
tioned earlier. Moreover, no combination of the compo-
nents in the extract phase, B, E, A, and X, forms any
azeotrope (44). Thus, simple distillation suffices for the
separation of these components.

Distilling Units. In the descending order of their
volatilities, the components in the streams from Gas
Stripper G1 or Extractor E1, including the two azeo-
tropes, from the former, to be separated by the down-
stream processing are: A, (EW), E, (WB), W, B, and X
(10; also see Appendices 4 and 6, Supporting Informa-
tion). The components in this sequence can possibly or
plausibly be separated by simple distillation, realized by
various simple and/or complex column configurations,
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Table 1. Summary of Operating Units Identified and Their Costs

operating units cost
designation of capital annualized capital® operating total

no. no. subunit equipment (10% US$) (108 US$/ year) (103 US$!/ year) (108 US$/ year)
1 H1
2 F1
3 Gl 2180 727 871 1598
4 D1 2088 696 873 1569
5 Al 49 653 16 551 218 800 235351
6 D2 2294 765 891 1656
7 D3 1831 610 864 1474
8 A2 19 861 6 620 87 520 94 140
9 El 1189 396 5231 5627
10 S1 1914 638 864 1502
11 11-1 D5 2392 797 902 1699

11-2 D6 2 058 686 873 1 559
12 12-1 D7 1684 561 852 1413

12-2 D8 2275 758 892 1650
13 13-1, 13-2 D9, D10 6 684 2228 2 666 4894
14 14-1, 14-2 D11, D12 6 301 2100 2513 4613
15 D13 6079 2026 2425 4451
16 D14 6412 2137 2558 4 695
17 17-1, 17-2 D15, D16 6 862 2 287 2737 5024
18 18-1, 18-2 D17, D18 6 746 2249 2691 4940
19 19-1, 19-2 D19, D20 8 068 2689 3218 5907
20 20-1, 20-2 D21, D22 3124 1041 1246 2 287
21 21-1, 21-2 D25, D26 4210 1403 1679 3082
22 22-1, 22-2, 22-3 D27, D28, D29 4 156 1385 1658 3043

a Based on the 3-year payback period.

into any two or three subsequences of components at the
adjacent components whose volatilities differ sufficiently.
Moreover, the azeotropes in the sequence, (EW), E, (WB),
W, and B, can be separated as described below.

Two binary azeotropes, homogeneous (EW) and het-
erogeneous (WB), are formed in a mixture containing B,
E, A, and W (10, 22, 23, 25). Additional information
besides the volatilities of the components involved, e.g.,
residual curve map (RCM), is necessary to identify a
feasible distillation system for separating any azeotrope
(1, 32). Azeotropic Distillation Unit Al is for separating
sequence (EW)E(WB)WB into pure E, W, and B. Azeo-
tropic Distillation Unit A2 is for separating sequence
(WB)WB into pure W and B.

Table 1 summarizes the plausible operating units
identified; they total 22, which are numbered according
to the order listed. They comprise 33 pieces of processing
equipment (Appendix 8, Supporting Information). Hy-
drolysis and fermentation do not come into play in the
synthesis of the separation network for the downstream
processing. Nevertheless, the operating units for hydroly-
sis reaction and fermentation, identified as Hydrolysis
Reactor H1 and Fermenter F1, respectively, are included
in the same table for convenience. The calculations for
the costs of the operating units are detailed in the
subsection Cost Estimation. The resultant costs are
summarized in Table 1 for convenience.

P-Graph Representations of Operating Units. All
operating units are Graphically represented in conven-
tional diagrams as well as by P-graphs. Figure 1 il-
lustrates such conventional diagrams and P-graphs for
two typical operating units (Appendix 9, Supporting
Information). The P-graph representations of the operat-
ing units are the essential prerequisite to executing
algorithms MSG and ABB.

Generation of Comprehensive Flowsheet. On the
basis of the specifications of materials and the P-graph
representations of the 20 operating units identified,
algorithm MSG has constructed the comprehensive flow-
sheet corresponding to the maximal structure. The total

computing time consumed is less than a second on a 900
MHz Celeron PC.

The comprehensive flowsheet corresponding to the
maximal structure is presented in Figures 2 and 3 by
conventional and P-graph representations, respectively.
It includes all plausible conventional separating units;
among them are the units comprising 1 gas stripper, 1
extractor, 27 simple distillation columns, and 2 azeotropic
distillation units.

Generation of Optimal and Near-Optimal Flow-
sheets. The optimal and near-optimal flowsheets can be
identified from the comprehensive flowsheet, i.e., the
maximal structure, by resorting to algorithm ABB (37,
40; also see Appendix 3, Supporting Information).

Objective Function. In this work, the cost of a
flowsheet is defined as the objective function to be
minimized. It is calculated as the total sum of the
annualized capital costs and operating costs in terms of
their present values for all operating units in the flow-
sheet.

The costs for integrating the operating units and
subunits in all flowsheets through piping networks and
auxiliary facilities, e.g., pumps, can be neglected at the
process-network synthesis or conceptualization stage of
process design (1). These costs should be relatively
modest compared to those of capital facilities, e.g.,
distillation columns. Moreover, they would be comparable
among the alternative flowsheets for any given process.

The capital cost of an operating unit or subunit is the
investment required for purchasing and installing such
a unit or subunit. The payback period is set to 3 years in
this work. The operating cost of a unit or subunit includes
the yearly payment of operating expenses, such as the
compensations for labors and management personnel,
and expenses for purchasing raw materials and utilities.
The compensations for labors and expenses for purchas-
ing raw materials associated with the alternative flow-
sheets for the process under consideration can be deemed
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Figure 1. Conventional and P-graph representations of operat-
ing units: (a) operating unit 4, consisting of distillation column
D1, with the conventional representation on the left and the
P-graph representation on the right; (b) operating unit 13,
consisting of distillation columns D9 and D10, with the con-
ventional representation on the left, the P-graph representation
at the macroscopic level on the upper right, and the P-graph
representation at the mesoscopic level on the lower right.

identical except that there is an additional expense for
purchasing the entrainer whenever the extractor is
included.

Cost Estimation. The design, or synthesis, of any
engineered system including a process system is usually
carried out in stages, proceeding from the least detail to
the most detail with concomitant cost estimates varying
from the least precise to the most precise. The ap-
proximations made have been described earlier. The
process-network synthesis is the first stage of design
where the conceptual design is performed rapidly by
screening the largest possible number of process alterna-
tives (1, 32, 44).

The cost estimation has been carried out on the basis
of the mass and heat balance to produce 200 MM pounds
of butanol (B) per year spanning 325 operating days and
by specifying the purities of B, E, and A as 99.9 wt %,
99.5 wt %, and 99 wt %, respectively (19). The present
value of an operating unit or subunit’s cost has been
estimated by two methods based on simulation and
heuristics. The selection between the two depends on the
availability of the cost data and/or the nature of these
data for such an operating unit or subunit as elaborated
in the following. Whenever sufficient cost data are
unavailable, the first method based on simulation is
adopted; it resorts to a simulator (e.g., Aspen Plus, Pro/
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I, and SuperPro Designer) and a cost estimator (e.g.,
Aspen Icarus). Otherwise, the second method based on
heuristics is employed.

The operating units or subunits whose present values
of costs including capital and operating costs have been
estimated by the first method include operating units 3
(G1); 4 (D1); 6 (D2); 7 (D3); 10 (S1); 11, comprising
subunits 11-1 (D5) and 11-2 (D6); and 12, comprising
subunits 12-1 (D7) and 12-2 (D8). Note that all of these
units or subunits are distillation columns. In simulating
any of the units or subunits with Aspen Plus 11.1, the
input data are the feed stream in terms of the feed rate,
composition, temperature, and pressure; the compositions
of the light and heavy key components in the distillate
stream; and the estimated initial reflux ratio or the
theoretic number of trays. This unit or subunit is first
simulated by Aspen Plus 11.1 to determine the mass and
heat balances, as well as other design parameters; the
minimum number of theoretic trays and the minimum
reflux ratio are computed by varying the estimated initial
reflux ratio or the theoretic number of trays. This renders
it possible to estimate the energy consumption in the unit
of KJ/h and the equipment size in terms of the number
of trays. The resultant data are loaded and mapped into
Aspen Icarus Process Evaluator 11.1 (50) to evaluate the
operating cost and the appropriately amortized capital
cost (Appendix 10, Supporting Information); the 3-year
payback period is adopted here. The sum of these two
costs is the cost of the unit or subunit, which is minimized
by iteratively repeating the aforementioned sizing and
cost estimating procedures and trading off between the
two costs.

The operating units or subunits whose present values
of costs including capital and operating costs have been
estimated by the second method based on heuristics
include two groups of operating units. They are (a) units
8 (A2), 5 (A1), and 9 (E1) and (b) units 13, comprising
subunits 13-1 (D9) and 13-2 (D10); 14, comprising
subunits 14-1 (D11) and 14-2 (D12); 15 (D13); 16 (D14);
17, comprising subunits 17-1 (D15) and 17-2 (D16); 18,
comprising subunits 18-1 (D17) and 18-2 (D18); 19,
comprising subunits 19-1 (D19) and 19-2 (D20); 20,
comprising subunits 20-1 (D21) and 20-2 (D22); 21,
comprising subunits 21-1 (D25) and 21-2 (D26); and 22,
comprising subunits 22-1 (D27), 22-2 (D28), and 22-3
(D29).

The three operating units in group (a) have all been
in operation or designed. Nevertheless, none of the types
of data for cost estimates available for these units are
totally identical; they differ in some aspects. Thus, the
present values of their costs must be individually esti-
mated somewhat differently (Appendices 11 and 12,
Supporting Information).

The data available for estimating the present values
of the costs of units or subunits in group (b) are the cost-
scaling factors based on the present value of a “reference”
unit or subunit’s cost or that generated by updating the
past value on the basis of the annual rate of inflation.
The present value of a unit or subunit’s cost is obtained
by multiplying the present value of the “reference” unit
or subunit’s cost with the cost-scaling factor. The “refer-
ence” unit for any of the units has been identified as the
simple-direct configuration of distillation columns, i.e.,
unit 11 including subunit 11-1 (D5) and subunit 11-2 (D6)
in this work (Table 7.3 of ref 32). On the basis of this
“reference” unit, the costs for the units in group (b) are
estimated (Appendix 11, Supporting Information).

The cost data and their sources for the operating units
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Figure 2. Comprehensive flowsheet corresponding to the maximal

conventional representation.

and subunits identified are summarized in the above-
mentioned Table 1 (Appendix 8, Supporting Information).

Optimal and Near-Optimal Flowsheets. The 10
best flowsheets generated ranking the first through 10th
can be discerned in Table 2 (see Appendix 3 in Supporting
Information for illustration of the procedure to implement
algorithm ABB). The total computing time consumed in
generating these 10 best flowsheets is less than 5 s on
the same PC used in executing algorithm MSG.

In implementing the branch-and-bound procedure ac-
cording to algorithm ABB, a list of a finite number of the
optimal and near-optimal flowsheets, which is 10 in this
work as mentioned above, is updated each time the
branching takes place. If the total cost of any branch is
larger than that of the 10th best flowsheet already
determined to that point, it will not branch further
(Appendix 3, Supporting Information). The resultant
optimal flowsheet is shown in Figure 4.

Discussion

What follows highlights the noteworthy aspects of the
methodology adopted and its implementation. Moreover,
significant results obtained are elaborated.
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structure for the production of butanol, ethanol, and acetone:

Efficacy of Methodology. Several attributes of the
methodology adopted contribute to its profound efficacy.
The most prominent are the following. First, the meth-
odology is capable of generating simultaneously a mul-
titude of the optimal and near-optimal flowsheets in the
ranked order (37, 40). Apparently, this attribute is absent
in any other process-network synthesis methodology
proposed to date. Second, the superstructure necessary
for the algorithmic synthesis of the flowsheet of interest
is rigorously constructed by resorting to a graph-
theoretic, polynomial algorithm (34). The resultant su-
perstructure, termed the maximal structure, exclusively
contains operating units of all combinatorially feasible
networks.

The current methodology can achieve an enormous
total reduction in the search space for feasible networks,
or flowsheets. For example, only 3465 flowsheets are
combinatorially feasible among 3.4 x 10° possible flow-
sheets from the 35 operating units of a real industrial
process (38); this number is merely 0.0001% of the total
number of possible networks. This implies that identify-
ing all feasible flowsheets among the possible networks
is as difficult as finding a needle in a haystack. Eliminat-
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Table 2. Optimal and Near-Optimal Flowsheets Generated by Algorithm ABB

rank of the designation of the operating units or subunits included in the
flowsheet flowsheet (the annual cost of the operating units or subunits) total annual cost of the flowsheet
1 E1 (5627), S1 (1502), D21-D22 (2287) 9416
2 E1 (5627), S1 (1502), D27-D28-D29 (3043) 10172
3 E1 (5627), S1 (1502), D7 (1413), D8 (1650) 10 192
4 E1 (5627), S1 (1502), D25-D26 (3082) 10211
5 E1 (5627), S1 (1502), D5 (1699), D6 (1559) 10 387
6 E1 (5627), S1 (1502), D13 (4451) 11 580
7 E1 (5627), S1 (1502), D11-D12 (4613) 11742
8 E1 (5627), S1 (1502), D14 (4695) 11824
9 E1 (5627), S1 (1502), D9-D10 (4894) 12023
10 E1 (5627), S1 (1502), D17-D18 (4940) 12 069
. L . . 14000
ing the majority, e.g., 99%, of infeasible or redundant
networks to accelerate the search by an order of magni- 12000
tude can hardly be achieved by any conventional mixed _
integer programming (MIP) method. 8 10000 4
Evaluation of Flowsheets. Table 2 lists the 10 best ,§
flowsheets generated in the ranked order on the basis of g 80001
their total costs. It reveals that generally the incorpora- S 6000
tion of Extractor E1 eliminates the need for Gas Stripper =
G1 and Azeotropic Distillation Units A1 and A2 incom- 8 4000 4
R - R &
posing the optimal or near-optimal flowsheets (19).
Neither Al nor A2 is included in any of the 10 best 2000 -
flowsheets. 0

The 10 best flowsheets are also compared graphically
in Figure 5. The optimal flowsheet is noticeably less
costly than the four flowsheets ranking the second
through fifth, which, in turn, are substantially less
expensive than the five ranking the sixth through 10th.
It is also revealed in Table 2 that the differences in the
costs among the 10 best flowsheets can be attributed to
the differences in the configurations of distillation col-
umns in these flowsheets further downstream beyond
Extractor E1 and Solvent Stripper S1.

The optimal flowsheet consists of Extractor E1, Solvent
Stripper S1, and Distillation Columns D21 and D22. The
configuration of these two distillation columns for sepa-
rating butanol, ethanol, and acetone from each other is
referred to as complex-direct (32). The total cost of the

1 2 3 4 5 6 7 8 9 10
Rank

Figure 5. Comparison of the total costs of the 10 best
flowsheets.

optimal flowsheet, including the annualized capital and
operating costs in terms of their present values, is
US$9,416 x 103, which is US$971 x 103 (10%) and
US$88,557 x 103 (90%) lower than the fifth and 13th best
flowsheets, respectively, both of which are available (19,
24). The total cost of the optimal flowsheet is US$756 x
103 (7%) and US$776 x 10° (8%) less than the second
and third best flowsheets, respectively. The configura-
tions of the two distillation columns in the second and
third best flowsheets are referred to as complex-Petlyuk
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type I11b and simple-indirect, respectively (32). Naturally,
the cost of the former is lower than that of the latter;
moreover, both costs are higher than that of the complex-
direct configuration of distillation columns in the optimal
flowsheet. It is worth noting that the third best flowsheet
closely resembles the fifth best, developed by Dadgar and
Foutch (19), as indicated in Table 2. It is also worth
noting that the latter flowsheet developed some years ago
is one of the near-optimal flowsheets. This clearly indi-
cates the importance of heuristics in the synthesis and
design of any complex processes, particularly when only
mature technologies, such as distillation and extraction,
are involved. It is highly unlikely that the process-
synthesis methods as currently known were available at
the time these flowsheets were developed.

Assessment of Flowsheets. The flowsheets gener-
ated can be assessed in the light of other criteria such
as controllability, operability, safety, and sustainability
in addition to cost (1, 46). The cost is indeed an appropri-
ate criterion for initially screening the flowsheets to
eliminate those that are obviously unprofitable. Never-
theless, the flowsheets surviving the initial screening
should be further assessed on the basis of the other
criteria. In fact, the current approach is amenable to the
incorporation of such criteria. Upon quantification, any
of these criteria, including sustainability, can be added
to the cost for performing multiobject optimization.

Retrofitting. Under certain circumstances, retrofit-
ting of an existing process can be economically far more
viable than constructing a new process, especially when
the financial resources are limited and/or when short-
term needs are to be met under a tight time constraint.
For instance, as indicated in Table 2, suppose that a plant
depicted by the fifth best flowsheet is in existence; it can
probably be retrofitted to that depicted by the third best
flowsheet with relatively modest effort, time, and expen-
diture because of their close resemblance. This retrofit-
ting can be accomplished by merely replacing distillation
columns D5 and D6 with columns D7 and D8, respec-
tively, and carrying out concomitant repiping. The ex-
penditure of the retrofitting includes the costs for D7 and
D8 and for repiping. If the last item is neglected, it
amounts to US$3,063 x 103, which is about 33% of the
cost for the plant based on the optimal flowsheet.
Moreover, if it is feasible to revamp unit 11 comprising
D5 and D6 into unit 12 comprising D7 and D8, the cost
for the retrofitting can possibly be reduced further. In
fact, it might not be out of the question to retrofit the
plant based on the fifth best flowsheet to that based on
the optimal flowsheet by replacing unit 11 (D5 and D6)
with unit 20 (D21 and D22). Obviously, the decision as
to the retrofitting or constructing anew is greatly facili-
tated by the present methodology capable of rapidly and
simultaneously generating the optimal and near-optimal
flowsheets.

Conclusions

A systematic methodology has been applied to the
downstream process synthesis for the biochemical pro-
duction of butanol, ethanol, and acetone via an efficient
algorithmic approach. Optimal and near-optimal flow-
sheets have been generated in ranked order expeditiously
and systematically by the graph-theoretic algorithmic
method based on process graphs (P-graphs) and reason-
ably accurate cost estimate. Such flowsheets are gener-
ated from a set of plausible technically mature conven-
tional operating units, each performing a certain proces-
sing task. The current work might represent the first
successful attempt to algorithmically synthesize the
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globally optimal flowsheet for the downstream processing
of the biochemical production of chemicals and biochemi-
cals. The methodology adopted in this work should be
applicable to various other processes for producing fuels
and chemicals, such as biodiesel, bioplastics, and en-
zymes, from biological materials that are renewable. The
systems for downstream processing involved in these
processes often resemble each other.

In today’s highly competitive environment, the retrofit-
ting of an existing process plant can be far more viable
economically than constructing a new one. The profound
efficiency of the methodology adopted renders it possible
to generate with dispatch a set of optimal or near-optimal
flowsheets by systematically replacing one or more exist-
ing operating units with newly identified operating units
that can possibly be more advantageous economically
than the existing ones. Naturally, this would facilitate
choice between retrofitting and new construction.

The results obtained in this work have given rise to a
novel paradigm for process development and design
through process synthesis. This novel paradigm appears
to follow the basic tenet of concurrent engineering. It
makes rapid prototyping of flowsheets possible in process
design. The cost is taken into account at the early
conceptual design stage. Moreover, other considerations,
e.g., sustainability, can be integrated in this paradigm
to satisfy the ever-shifting environmental, societal, and
regulatory constraints at the early stage of design,
thereby circumventing serious cost overrun in process
development and design.
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